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A B S T R A C T
The performance of Fe/olivine catalysts was tested in the continuous steam gasification of sawdust in a
bench scale plant provided with a fountain confined conical spouted bed reactor at 850 C. Olivine was
used as catalyst support and loaded with 5 wt%Fe. The activity and stability of the catalyst was monitored
by nitrogen adsorption-desorption, X-ray fluorescence spectroscopy, temperature programmed
reduction, X-ray diffraction and X-ray photoelectron spectroscopy techniques, which were conducted
before and after the runs. The fountain confined conical spouted bed performs well in the biomass steam
gasification with primary catalysts. In fact, this reactor allows enhancing the gas-solid contact, and
therefore the catalytic activity by avoiding the elutriation of fine catalyst particles. The uncatalysed
efficiency of the gasification process, assessed based on the gas production and composition, H2
production, tar concentration and composition, and carbon conversion efficiency, was consideraby
improved on the Fe/olivine catalyst, with tar reduction being especially remarkable (to 10.4 g Nm3).
After 140 min on stream, catalyst deactivation was particularly evident, as tar concentration increased to
19.9 g Nm3 (90% of that without catalyst). However, Fe/olivine catalyst was still active for WGS and CH4
steam reforming reactions, with gas and H2 productions being 1.35 Nm3kg1 and 5.44 wt%, respectively.
Metal iron oxidation to Fe3O4 caused catalyst deactivation, as the reaction environment shifted from
oxidizing to reducing conditions due to operational limitations.
© 2021 The Author(s). Published by Elsevier B.V. on behalf of The Korean Society of Industrial and
Engineering Chemistry. This is an open access article under the CC BY-NC-ND license (http://
creativecommons.org/licenses/by-nc-nd/4.0/).
Introduction
In the current energy scenario, the production of heat, power
and biofuels from biomass has become of major interest. In this
line, gasification is a key technology for the large-scale exploitation
of biomass. However, the development of biomass gasification is
conditioned by the efficient conversion of the feed and the
formation of troublesome by-products, such as tars [1–6].
The tar is a complex mixture of high molecular weight aromatic
hydrocarbons, which cause fouling, corrosion and blocking of
downstream equipment, leading to unacceptable level of mainte-
nance for engines and turbines. Apart from the total concentration
of the tar, its nature (mainly its dew point) also determines the
problems associated with this matter. Nevertheless, the tar
contains a significant amount of energy that could be transformed
into syngas by acting on the operating conditions, reactor design
and gas conditioning systems [7–12].
The design of conventional conical spouted bed reactors has
recently been modified to optimize reactor performance, especial-
ly for biomass steam gasification. Conventional spouted bed
reactors are characterized by short gas residence times, which is an
advantage for pyrolysis processes, but a severe drawback for
gasification ones because tar cracking/reforming reactions are
avoided [13,14]. Thus, the fountain confined spouted bed reactor
has been developed to overcome these problems and improve the
overall process efficiency [15–17]. Moreover, this novel technology
widens the applicability range of conventional spouted beds, as it
may handle very fine particles without elutriation from the bed by
confining in the fountain the gases produced in the bed, and
therefore lengthening their path. Therefore, the gas residence time
is increased and the gas-solid contact improved, which is even
better under the fountain enhanced regime. The latter regime is
Contents lists available at ScienceDirect
Journal of Industrial and Engineering Chemistry
journal home page : www.elsevier .com/ loca te / j iec* Corresponding author at: Department of Chemical Engineering, University of
the Basque Country, UPV/EHU, P.O. Box 644, E48080 Bilbao, Spain.
E-mail address: gartzen.lopez@ehu.eus (G. Lopez).
https://doi.org/10.1016/j.jiec.2021.04.046
1226-086X/© 2021 The Author(s). Published by Elsevier B.V. on behalf of The Korean So
CC BY-NC-ND license (http://creativecommons.org/licenses/by-nc-nd/4.0/).characterized by a great expansion of the fountain region, which
significantly improves the contact between the gas and the solid,
























































M. Cortazar, L. Santamaria, G. Lopez et al. Journal of Industrial and Engineering Chemistry 99 (2021) 364–379Catalytic gas cleaning methods for tar removal also entail an
dditional increase in H2 and gas productions, as they promote tar
racking and steam reforming reactions. These catalysts may be
sed as primary catalysts directly in the gasifier, or as secondary
atalysts in downstream catalytic processes. Thus, in the case of
uidized bed reactors, the use of an active and appropriate in-bed
aterial as primary catalyst is a promising strategy to decrease the
ar content in comparison with the use of a more expensive
econdary catalytic reactor downstream [22–28].
Alargenumberofmaterialswithsignificantactivityfortarcracking
nd reforming have been used as primary catalysts. Natural minerals,
uch as dolomite and olivine, have attracted most of the attention
ecause, apart from being active for tar cracking and reforming, they
re inexpensive and abundant. Although the activity of dolomite is
eported to overcome that of olivine, it is very fragile and undergoes
evere attrition when used in fluidized beds. Furthermore, olivine has
igher mechanical strength, comparable to that of sand [14,29–36].
owever, the catalytic activity of these primary materials for tar
onversion leaves room for improvement by metal phase addition.
Ni based catalysts are more effective for converting tar into
ydrogen-rich gas, but they undergo a rapid deactivation by coke
eposition and are toxic [37–44]. Recently, iron based catalysts
ave gained considerable attention among the catalysts for tar
emoval. Compared to nickel, the use of iron reduces the catalyst
ost and lowers its toxicity [45–55]. Apart from the well-known
ctivity of metallic iron for tar reforming and cracking, magnetite
Fe3O4) has also been proven to be active for the WGS reaction [56–
8]. Therefore, impregnation of natural minerals with iron seems
o be an interesting alternative to synthesize primary catalysts.
The novelty of this paper is associated with the proposal of a
ovel and efficient gasification technology. Thus, an original
asification technology based on the fountain confined spouted
ed reactor has been developed. This reactor is able to operate
nder a vigorous fluidization regime (enhanced fountain regime),
hich greatly improves the gas-solid contact, and therefore the
atalyst efficiency. Accordingly, this paper assesses the potential
enefits of the fountain confined conical spouted bed for reducing
he tar produced during biomass gasification, and the potential to
mprove the overall process efficiency by using Fe/olivine catalysts.
urthermore, the novelty is also related to the role of active iron
pecies and their behaviour in biomass steam gasification. Thus,
his paper analyses the performance and stability of an Fe/catalyst
nd relate its activity for biomass steam gasification with its
hysical and metallic properties. A detailed characterization (BET
urface area, X-ray fluorescence (XRF), X-ray diffraction (XRD), X-
ay photoelectron spectroscopy (XPS), temperature programmed
eduction (TPR) and oxidation (TPO)) of the fresh and deactivated
atalysts was carried out to ascertain the cause of the deactivation.
xperimental
aterials
The biomass feedstock used in this study was crushed and
ieved forest pinewood sawdust with an average particle size of 1–
 mm and dried to a moisture content below 10 wt%. The ultimate
nd proximate analyses were conducted in a LECO CHNS-932
lemental analyzer and in a TGA Q5000IR thermogravimetric
nalyzer, respectively. Moreover, the higher heating value (HHV)
as measured in a Parr 1356 isoperibolic bomb calorimeter. The
[19], olivine in the 90–150 mm particle size range was used in order
to operate in the fountain enhanced regime. The performance of
the Fe/olivine catalyst was compared with that of olivine, which
was calcined in situ at 850 C.
An Fe/olivine catalyst with 5 wt% iron was prepared by wet
impregnation of the support with an aqueous solution of Fe
(NO3)39H2O (Panreac AppliChem, 98%), by means of a rotavapor,
which allows evaporating the solution under reduced pressure and
moderate temperatures. The rotavapor used was a Büchi rotavapor
R-114, which operates under vacuum at 70 C. A relatively low
metallic load (5 wt%) was used, as the physical properties of olivine
hinder a suitable dispersion of the metal due to its non-porous
nature. The iron solution was added to the support and the water
excess was evaporated at 70 C and under vacuum environment.
The samples were dried in an oven at 100 C for a couple of days
and calcined in a muffle oven at 1000 C for 4 h.
Characterization techniques
The physical properties of the catalyst (specific surface area,
pore volume and average pore size) were determined by N2
adsorption–desorption in a Micromeritics ASAP 2010 apparatus.
Before each analysis, the samples were degassed under vacuum at
150 C overnight. Surface area was calculated based on the BET
equation, whereas the pore size distribution was determined by
BJH method.
X-ray fluorescence (XRF) spectrometry was used to measure the
chemical composition (wt%) of both the calcined olivine and the
synthesized catalyst. The chemical analysis of the particles was
carried out under vacuum atmosphere using a sequential
wavelength dispersion X-ray fluorescence (WDXRF) spectrometer
(Axios 2005, PANalytical) equipped with a Rh tube, and three
detectors (gaseous flow, scintillation and Xe sealing). The
calibration lines were determined by means of well-characterized
international patterns of rocks and minerals.
X-ray powder diffraction (XRD) patterns were obtained in a
Bruker D8 Advance using CuKα radiation equipped with a
Germanium primary monochromator and Sol-X dispersive energy
detector in order to analyze the crystalline structure of both the
olivine and the reduced catalyst. The spectra were obtained in a 2u
range of 20–90. The diffraction spectra were indexed by
comparing with JCPDS files (Joint Committee on Powder Diffrac-
tion Standards).













HHV (MJ kg1) 19.8
a On a dry basis.
b By difference.
c On an air dried basis.ain features of the biomass used are listed in Table 1.
atalyst synthesis
Olivine supplied by Minerals Sibelco was used in this study as
atalyst support and primary catalyst. Based on previous studies36out to record in detail the elements making up the surface, and
quantify and analyze their oxidation states. XPS measurements
were conducted in a SPECS system equipped with a Phoibos 150
1D-DLD analyzer and a monochromatic Al-Kα radiation source
(1486.7 eV). Prior to the analysis, the spectrometer was calibrated
with Ag (Ag 3d5/2368.26 eV).5
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ture Programmed Reduction (TPR) in an AutoChem II 2920
Micromeritics. The tests were carried out on a 200 mg sample,
through which a flow of 10 vol% hydrogen in argon was circulated.
Prior to the reduction experiments, the catalyst was thermally
treated under He stream at 200 C in order to remove water or any
impurities. The temperature was increased at a rate of 10 C min1
from room temperature to 900 C. A thermal conductivity detector
(TCD) was used to analyze the hydrogen consumption of the
samples and its signal recorded continuously.
Carbon deposition on the catalyst was ascertained by tempera-
ture programmed oxidation (TPO) in a Thermobalance (TGA Q5000
TA Instruments) coupled in-line to a mass spectrometer (Thermo-
star Balzers Instrument). This device allows recording the signals
at 14, 18, 28 and 44 atomic numbers, corresponding to N2, H2O, CO
and CO2, respectively. The coke content was determined based on
CO2 signal. Once the signal was stabilized under N2 stream
(50 mL min1) at 100 C, oxidation of the sample with air was
carried out by increasing temperature to 800 C using a ramp of
5 C min1 and keeping the final temperature for 30 min to ensure
total carbon combustion.
Experimental equipment
The biomass steam gasification experiments were performed in
a bench scale unit based on the conical spouted bed technology
(Fig. 1). This reactor was designed for biomass valorization
processes, and specifically fine-tuned and optimized for the
pyrolysis and gasification of different solid wastes [59–63].
The main element of the plant is a fountain confined conical
spouted bed, which is also provided with a non-porous draft tube
(internal diameter 5.5 mm and entrainment zone height 15 mm). It
enables operating in a wide range of conditions and improving the
hydrodynamic performance of the reactor. This reactor may also
operate in the conventional spouting regime by using a lid without
confiner. The main dimensions of the reactor are as follows:
cylindrical section diameter 95 mm, height of the conical section
150 mm, cone included angle 30, length of the fountain confiner
330 mm, and total height of the reactor 430 mm. The cone base
diameter is 20 mm, and the internal diameter of the fountain
confiner 54 mm, with its volume being of around 0.8 L. The height
from the reactor base to the lower end of the confiner is 105 mm.
The fountain confiner is a tube welded to the lid of the reactor,
whose lower end is close to the bed surface and confines the gases
generated in the bed and force them to circulate upwards through
the core of the fountain and downwards through its periphery. This
device increases the residence time, narrows its distribution and
enhances gas-solid contact in the fountain region [17]. Further-
more, the draft tube makes operation feasible in a much wider
range of gas flowrates and improves bed stability [64]. More details
about the reactor, fountain confinement technology and draft tube
have been reported elsewhere [18,19]. A gas preheater is located
below the reactor to heat the gases to reaction conditions. A radiant
oven made up of two independent sections heats the gasifier (the
lower section heats the gas preheater and the upper section the
fountain confined spouted bed reactor). The temperature in each
section is controlled by two thermocouples, one placed in the bed
annulus and the other one at the inlet of the gaseous stream.
All the unit elements, i.e., the reactor, the interconnection pipes,
the cyclone and the filter, are located inside a forced convection
oven, which is 1830  1950  1000 mm stainless steel box and
features 100 mm insulation of quartz wool with fiberglass
reinforcement fabric, kept at 300 C to prevent tar condensation
before the condensation system. The high-efficiency cyclone and
5 mm sintered steel filter retain the char and catalyst fine particles
entrained from the bed.
The biomass was fed by means of a piston dispenser. This
system consists of a cylindrical vessel equipped with a vertical
shaft connected to a piston placed below the material bed. When
the piston rises, the biomass is pushed towards the top of the
feeding system and drops into the reactor through a tube cooled
with tap water at the same time as the whole system is vibrating by
means of an electric engine to prevent biomass agglomeration.
Moreover, a very small nitrogen flow is introduced from the top of
the feeding vessel in order to ease the solid flow into the reactor
and avoid the condensation of steam in the dispenser. A detailed
description of the functioning of this device to feed the solid has
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team before entering the reactor. The plant is also provided with
hree mass flow meters for N2, air and H2, with N2 being used as
uidizing agent during the heating process and H2 for the
eduction of Fe catalyst prior to the runs.
The volatile condensation system is located after the convection
ven and consists of a double-shell tube condenser cooled by tap
ater, a 1 L vessel, a stainless steel filter (60 mm) and a coalescence
lter, with the latter ensuring total recovery of the tars.
perating conditions
Continuous gasification experiments were performed at 850 C
sing steam as fluidizing gas. Thus, a water flow rate of
.5 mL min1 was employed (1.86 NL min1 of steam) and biomass
as fed at a rate of 0.75 g min1, which corresponded to a steam/
iomass (S/B) ratio of 2. This high S/B ratio is needed to guarantee
igorous spouting conditions (enhanced fountain regime), as
team not only acts as gasifying agent, but also as fluidizing gas.
The bed consisted of 100 g either calcined olivine or Fe/olivine
atalyst, with their particle size being in the 90–150 mm range.
rior to the reactions, the iron catalyst was subjected to an in situ
eduction process at 850 C for 4 h with a stream containing 10 vol%
f H2 to ensure complete reduction to Fe0 phase.
The experiments were performed in continuous regime and the
as chromatography (GC) and micro GC analyses were conducted
nce several minutes of operation had elapsed to ensure steady
tate conditions. Moreover, the runs were repeated several times
at least three) under the same conditions in order to guarantee
eproducibility of results.
Certain limitations in the experimental unit for operation and
roduct monitoring had to be addressed. Thus, the feeder must be
efilled after 40 min operation and the GC analysis of the tars lasts
bout 20 min. Accordingly, successive 10 min reactions were
arried out in order to ensure suitable product analysis throughout
ontinuous operation and overcome these limitations.
roduct analysis
Samples of the volatile stream leaving the reactor were
nalysed on-line by means of a GC Agilent 7890 outfitted with a
P-Pona column (50 m long, 0.2 mm in internal diameter and a
oating thickness of 0.5 mm) a flame ionization detector (FID). The
ample was injected into the GC through a line thermostated at
80 C to avoid the condensation of the tars. The temperature
rogramme used in the GC is as follow: 2 min at 40 C in order to
ttain a good separation; a sequence of 25 C min1 up to 320 C
nd 7 min at this temperature to ensure that all products were
utside the column. Furthermore, the non-condensable gaseous
tream was also analysed online in a Varian 4900 micro GC
quipped with three modules (molecular sieve, Porapak (PPQ) and
lot alumina) and thermal conductivity detectors (TCD), which
llow both identification and quantification of gaseous products
reviously calibrated. The conditions for the analysis were the
ame for the modules: column temperature 90 C, injector
emperature 100 C and pressure 20 psi. In this case, the sampling
oint was located after the condensation and filtering sections.
oreover, the tars retained in the condensation system were
dentified by Shimadzu UP-2010 S GC/MS once they had been
issolved in acetone.
 Gas production (Pgas, Nm3kg1) based on the mass unit of





where Qgas is the volumetric flow rate of the gas produced and
m0 is the mass flow rate of biomass fed into the process.
 H2 production (PH2 , wt%) by mass unit of the biomass fed into the





where mH2 and m0 are the mass flow rates of the H2 produced
and biomass fed into the reactor, respectively.






 Carbon conversion efficiency defined as the ratio between the
moles of C in the gaseous product and those entering the reactor.
(4)X ¼ CgasCbiomass  100
Results
Catalyst characterization before tests
Table 2 shows the specific surface area, pore volume and
average pore size. As observed, the specific surface area of the
calcined olivine was as low as 1.92 m2g1 and the pore volume
0.0023 cm3 g1, which are evidences of its non-porous structure.
Regarding the synthesized Fe/olivine catalyst, olivine physical
properties were improved by iron impregnation. Thus, pore
volume and average pore size became larger, which was due to
the collapse of the inter-pore structure of olivine. Likewise, the
specific area also increased, which may be attributed to the
deposition of Fe on the external surface. This trend has also been
reported for Ni impregnation on low porosity surfaces [65,66].
The chemical compositions of the calcined olivine and the
prepared catalyst are summarized in Table 3. The content of Fe in
the olivine was of around 5.2 wt%. After impregnation, Fe content
in the catalyst increased significantly, 10.2 wt%, which confirmed
that the metal content was that corresponding to the impregnation
(5 wt%) plus that in the original olivine.
Fig. 2 shows the diffractograms of the calcined olivine and fresh
and reduced Fe/olivine. In the case of the calcined olivine, the XRD
data revealed the main diffraction lines were characteristic to the
olivine structure ((Mg1.81Fe0.19)(SiO4)). Additional peaks corre-
sponding to secondary crystalline phases may also be observed,
such as enstatite (MgSiO3) and quartz (SiO2). According to Michel
et al. [67,68] and Swierczynski et al. [69], numerous phases of iron
oxide may appear subsequent to olivine calcination, as are g-Fe2O3,
α-Fe2O3, Fe3O4 and MgFe2O4. The presence of these iron oxides is
explained by the migration of the iron Fe2+ located within theTable 2
Physical properties of the calcined olivine and Fe/olivine catalyst.
Catalyst SBET (m2 g1) Vpore (cm3g1) dpore (Å)
Olivine 1.92 0.0023 48.85
Fe/olivine 3.75 0.0076 80.85eaction indexes
In order to assess the gasification performance the following
eaction parameters were considered:367
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(Eq. (5)) [69,70]. However, none of these phases were detected in
this study. It should be noted that the calcination temperature used
for the natural olivine was rather low (850 C) compared to other
studies in the literature, in which they were over 1100 C. Kuhn
et al. [71] performed XRD analysis to olivine calcined at 900 C
during 2 h and they neither observed free Fe oxide phases. These
oxide phases diffract in the same main lines as the olivine
structure, but they were not strong enough to be detected and so
inferred their presence. For the fresh and reduced Fe/olivine
catalysts, the main crystalline forms were still those corresponding
to olivine structure and MgSiO3 enstatite phase, even though the
olivine was subjected to iron impregnation, calcination and
reduction. However, significant changes in the relative intensity
of olivine structure and MgSiO3 enstatite phases were noticed at
2u = 21, 31 and 36, which indicated certain modifications in the
crystallinity of the samples due to iron impregnation. In fact, the
higher intensity of the diffraction lines in the reduced catalyst is
evidence of its greater crystallinity compared to the calcined
olivine or fresh catalyst, which was due to iron reincorporation into
the olivine structure. In addition, hematite (α-Fe2O3) peak
appeared at 2u = 24 in the fresh catalyst, whereas for the reduced
catalyst the presence of an intense peak of the metallic iron phase
was observed at 2u = 44 and a smaller one at 2u = 65. Iron oxide
phases were not detected in the reduced sample, which is evidence
of their full reduction. Other authors reported the same main lines
for this catalyst [47,48,72]. The SiO2 lines detected in the support
disappeared in the catalyst. Michel et al. [67] stated that olivine
phase reacts with quartz at 1000 C to form enstatite phase:
Mg; Feð Þ2SiO4 þ O2 ! xMg2SiO4 þ 1  xð ÞSiO2 þ 2x  1ð ÞFe2O3 að Þ þ 2 1  xð ÞMgFe2O4
ð5Þ
Fig. 3 shows the XPS spectra for the samples in different binding
energy ranges. This analysis revealed the main components on the
surface of the samples, which were Si, Mg, Fe and O. No significant
changes were observed in Si after iron impregnation and catalyst
reduction, whereas more pronounced changes were detected in
the peaks corresponding to Mg and Fe. In the case of Fe, its
oxidation states are analyzed below in the paper. These variations
are also visible in Tables 4 and 5. Furthermore, peaks of other trace
elements, previously detected by XRF, were not observed, which is
evidence that they were not located on the surface.
Table 4 shows the surface composition of the samples. The
quantification of each element was carried out by integrating the
intensities of Si 2p, Mg 2p, O 1s and Fe 2p using Scofield sensitivity
factors. As observed, after iron impregnation, the amount of iron on
the catalyst surface increased (from 6.2 to 8%), which suggests that
part of the impregnated iron was deposited on the surface of the
catalyst, as evidenced by the increase in the BET surface of the
catalyst (Table 2). However, the amount of Mg on the surface
decreased (from 17.5 to 14.2%) after iron loading. According to
Frekdisson et al. [73], after the oxidizing treatments, the surface is
enriched in Fe at the expense of Mg. Furthermore, catalyst
reduction with H2 led to a decrease in the amount of Fe to 4.4% and
an increase in that of Mg to 22.1% on the surface. Under reducing
conditions, Fe clustered into large particles and incorporated into
the olivine structure [71]. Regarding oxygen concentration, its
oscillations on the surface of the catalyst were related to the
oxidation state of iron.
XPS spectra in the 700–750 eV binding energy range of the
samples were analyzed to further understand the valence state of
the iron in the calcined olivine and fresh and reduced Fe/olivine
catalysts (Fig. 3b and c). Accordingly, Fe 2p lines were used instead
of Fe 3p because they were stronger. Moreover, Table 5 shows the
iron distribution on the surface of the samples. Yamashita and
Hayes [74] reported that Fe 2p3/2 peak at 711 eV with satellite peak
at 719 eV and Fe 2p1/2 peak at 725 eV with satellite peak at 732 eV
are characteristic of Fe3+, whereas Fe 2p3/2 peak at 709 eV with
satellite peak at 714 eV and Fe 2p1/2 peak at 723 eV with satellite
peak at 728 eV correspond to Fe2+. In Fig. 3c, the positions of these
peaks are marked with dashed lines. Iron in Fe3+ state corresponds
to Fe2O3 and MgFe2O4 compounds, whereas Fe2+ state is
characteristic of iron in the olivine structure and FeO. In the
calcined olivine, most of the Fe was as Fe3+ and doubled the
amount of Fe as Fe2+, which is evidence that a higher amount of
iron led to free oxides on the surface than those remained within
the olivine structure. The presence of free iron oxide phases (Fe3+)
stemmed from Fe migration from the olivine structure (Fe2+)
during the calcination process [69,73], although none of these
compounds were detected by XRD analysis. Regarding iron
Table 3
Chemical composition (wt%) of the calcined olivine and the Fe/olivine catalyst.
Component (wt%) MgO SiO2 Fe2O3 CaO Al2O3 Na2O TiO2 MnO
Olivine 45.98 42.10 7.52 0.11 0.10 0.07 0.03 0.11
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s the calcined olivine. However, when the former is compared
ith the calcined olivine, the amount of Fe2+ in the fresh catalyst
ncreased (from 32. 89 to 35.42%), whereas that of Fe3+ decreased
(from 67.11 to 64.54%), although Fe2+/Fe3+ ratio remained
approximately constant. These results suggest that, after impreg-
nation, the iron within the olivine structure was preferably in the
metallic state rather than forming free oxides. After reduction, a
weak peak of metallic Fe appeared at 707 eV, which cannot be
quantified due to its very small size. It seems that the metallic iron
on the catalyst surface was oxidized due to its contact with air, but
ig. 3. Wide XPS spectra (a), XPS spectra for low binding energy regions (b) and XPS spectra for Fe 2p (c) of the calcined olivine, and fresh and reduced Fe/olivine catalysts.
able 4
urface composition (%) of the calcined olivine and Fe/olivine catalysts determined
y XPS.
Component Si Mg O Fe
Olivine 15.8 17.5 60.6 6.2
Fe/olivine fresh 15.1 14.2 62.7 8.0
Fe/olivine reduced 14.6 22.1 58.9 4.4
36the iron inside the olivine remained in the metallic form, as was
revealed by the XRD analysis (Fig. 2). Moreover, the Fe2+/Fe3+ ratio
in the reduced catalyst was higher than that in the fresh one, with
the amount of Fe2+ and Fe3+ being almost the same. Thus, the
oxidation state of the iron located on the surface changed from a
Fe3+ dominating state after oxidation to Fe2+ state after reduction9
M. Cortazar, L. Santamaria, G. Lopez et al. Journal of Industrial and Engineering Chemistry 99 (2021) 364–379[73]. Meng et al. [72] observed the same trend for the iron
distribution on the surface of the catalyst.
H2-TPR experiments for the bed materials were carried out
prior to their use in the reaction environment. The TPR profile of
the catalysts enables determining the temperature needed for
their reduction [75]. As well-known, the profile depends not only
on the nature of the metallic species, but also on the metal-support
interactions. Moreover, as the metallic iron is supposed to be the
active phase for hydrocarbon cracking, the reducibility of the
catalysts is of great relevance [76].
The TPR profiles of the calcined olivine and synthesized catalyst
are shown in Fig. 4. In the case of the calcined olivine, two small
peaks are observed between 350 and 550 C. A third peak is also
observed at a reduction temperature above 600 C. In the case of
the first two peaks, their low reduction temperature is evidence
that these species are easy to reduce. Thus, these peaks are
attributed to the reduction of iron oxides on the olivine surface
[77]. According to the XPS analysis (Table 5), the surface of the
calcined olivine is presumably made up of Fe2O3 and/or MgFe2O4,
which migrated from the internal olivine structure during the
calcination [48,69,71,72]. Thus, the peak at 350 C is assigned to the
reduction of Fe2O3 and the peak at 550 C to the reduction of Fe3O4,
as the reduction of Fe2O3 to metallic Fe occurs in two steps
(Fe2O3→ Fe3O4→ Fe0) [46,48]. The peak that might appear at
higher temperatures is associated with the reduction of iron
phases inside the olivine grain, in which reduction is more difficult.
The TPR profile of the Fe/olivine catalyst shows a broad reduction
zone covering the range from 300 to 700 C. Three main peaks may
be observed, with the first two being associated with the two-step
oxidation of Fe2O3 on the olivine surface and the peak above 600 C
to the Fe atoms that migrated into the olivine support to form a
very stable MgFe2O4 spinel phase [78]. In the case of the Fe/olivine
catalyst, the reduction of iron phases inside the olivine grain is not
observed due to the high stability of the olivine structure, i.e.,
higher temperatures are required for its reduction.
Evaluation of the in-bed catalysts (zero time on stream)
The effect of Fe/olivine catalyst on the steam gasification
process parameters (H2 and gas productions, gas composition,
carbon conversion and tar concentration and composition) was
assessed and compared with that of calcined olivine. The
performance of these in-bed materials was analyzed based on
the following reactions inside the gasifier:
Biomass pyrolysis : Biomass ! Gases CO; CO2; CH4; H2; . . .ð Þ þ oxygenates þ char
ð6Þ
Steam gasification of the char : CðsÞ þ H2O ! CO þ H2 ð7Þ
CO2gasification of the char : CðsÞ þ CO2 ! 2CO ð8Þ
Tar cracking : Tar ! CO þ H2 þ CO2 þ C þ CH4 þ    ð9Þ
Tar steam reforming : Tar þ H2O ! CO þ H2 ð10Þ
Water gas  shiftðWGSÞ : CO þ H2O,CO2 þ H2 ð11Þ
Methaneðor hydrocarbonÞsteam reforming : CH4 þ H2O,CO þ 3H2
ð12Þ
As observed in Fig. 5, all representative gasification parameters
were significantly improved on the Fe/olivine catalyst. An increase
in gas and hydrogen productions and a decrease in tar concentra-
tion was noticeable when 5 wt%Fe/olivine was used instead of
olivine (Fig. 5a and b). Thus, gas production increased from 1.30 to
1.46 Nm3kg1 and so did the hydrogen production, from around 5
wt% on the olivine to 6.25 wt% on the iron impregnated catalyst.
Fig. 6 illustrates the product gas composition for the runs using 5
wt%Fe/olivine catalyst and calcined olivine. Iron impregnation led
to an increase in H2 concentration from 43.2 to 48.2 vol% and a
reduction in that of CO, which implies that H2/CO ratio increased
from 1.41 for olivine to 3.26 for the iron catalyst. Consequently, CO2
concentration increased to 28.2 vol%. From these results, it could be
deduced that the addition of iron to olivine enhances the WGS
reaction (Eq. (10)), as well as light hydrocarbon steam reforming
and cracking reactions (Eqs. (8) and (11)). Consequently, tar
concentration was reduced approximately to half, from 20.6 to
10.4 g Nm3, and carbon conversion efficiency accounted for 87.6%
(Fig. 5c and d). Likewise, the heating value of the gas increased
from 2.44 MJ m3 with calcined olivine to 8.66 MJ m3 with 5 wt%
Fe/olivine catalyst. According to several authors [73,76,79], the
Table 5
Iron distribution (%) on the surface of the calcined olivine and fresh and reduced Fe/
olivine catalysts determined by XPS.
Fe2+ Fe3+
Olivine 32.89 67.11
Fe/olivine fresh 35.42 64.58
Fe/olivine reduced 48.95 51.05Fig. 4. TPR profiles of the catalysts.
370metallic Fe on the reduced catalyst enhances tar decomposition
reactions. Moreover, the BET surface area (Table 2) and XPS
analyses (Table 4) revealed that Fe was mainly located on the
external surface of the catalyst, and was therefore easily accessible
to the volatiles and promotes tar cracking and reforming reactions
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f biomass tar model compounds using a wide variety of supported
[45,49,50,90,91]. Thus, Rapagnà et al. [49] studied the performance
of 10 wt%Fe/olivine catalysts in the biomass steam gasification at
820 C in a fluidized bed gasifier and obtained slightly higher
reaction indices than in this study. They observed that H2 and gas
productions increased from 3.5 to 6.6 wt% (the gaseous stream
contained 53 vol% of H2) and from 1 to 1.4 Nm3kg1, respectively
when an Fe/olivine catalyst was used instead of raw olivine,
whereas tar concentration was reduced by approximately 62%,
with the value being 2.25 g Nm3 with the catalyst. Carbon
conversion efficiency reached a value of 80%, which was similar
to that obtained with raw olivine. Virginie et al. [50] used the same
catalyst as the previous authors, but they used a dual fluidized bed.
They reported that tar reduction was more notable in the presence
of Fe/olivine in the bed than in the run with raw olivine (5.1 and
2.6 g Nm3 of tar content for olivine and Fe/olivine at 850 C). In
addition, Barisano et al. [90,91] evaluated the performance of 10 wt
%Fe/olivine catalyst in the biomass steam/O2 gasification at 890 C
in an internal circulating bubbling fluidized bed (ICBFB) and they
reported 1.2 Nm3kg1 and 3 wt% for the gas and H2 productions,
respectively. They also reported a reduction in the total tar content
by 38% (from 10.1 to 6.2 g N m3), and 98% of carbon conversion
efficiency was therefore attained. However, Pan et al. [45] used a
lower Fe load in the catalyst (5 wt%Fe/olivine) for the steam co-
gasification of pine sawdust and bituminous coal in a pyrolysis-
reforming-combustion decoupled triple bed system (DTBG) at
850 C. All the studied reaction indices were improved, but the
Fig. 5. Influence of iron impregnation on the gas production (a), H2 production (b), tar concentration (c) and carbon conversion efficiency (d).
Fig. 6. Influence of iron impregnation into olivine on gas composition.etal catalyst [80–89], those dealing with the effect of metal
mpregnated in situ catalysts on the biomass steam gasification are
carce, especially those carried out in laboratory pilot plants.
everal authors reported the same trend as that obtained in this
tudy for iron impregnated olivine and compared its activity with
hat of raw olivine using different gasification technologies37differences were not as remarkable as those observed for the
biomass steam gasification. Thus, they obtained gas and H2
productions of 0.66 Nm3kg1 and 2.49 wt% (10% higher in both
cases) and a tar content as low as 4.87 g Nm3 (17% reduction).
Ni loading to olivine also enhances tar reforming activity in the
biomass steam gasification, with the performance being even1
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studied tar removal activity of Ni/olivine catalyst in a 100 kWth
dual fluidized bed reactor. After adding 20% of 5 wt%Ni/olivine
catalyst to a bed of olivine, the tar concentration was reduced by
half and gas and H2 productions increased to 1 Nm3kg1 and
3.93 wt%, respectively at 850 C. Michel et al. [93] used in situ
3.9 wt%Ni/olivine catalyst in the biomass steam gasification carried
out in fluidized bed at 800 C and reported a higher efficiency of the
catalyst compared to raw olivine. Thus, they obtained H2 and gas
productions of 7.56 wt% and 1.7 Nm3kg1, instead of 3.36 wt% and
1 Nm3kg1 with olivine, and less than 1 wt% of tar. More recently,
Tursun et al. [94] used 5 wt%Ni/olivine catalyst in a decoupled
triple bed gasification system consisting of a pyrolyzer, reformer
and combustor, and reported that the catalyst not only improved
tar removal, but also enhanced H2 and gas productions. Their
results were slightly better than those obtained by Michel et al.
[93], but the Ni loading was also slightly higher. They reported a
gas production of 1.59 Nm3kg1, with H2 concentration being
56.1 vol% (H2 production of 7.96 wt%) and tar content as low as
0.6 g Nm3.
The tar fraction is a mixture containing polycyclic aromatic
compounds larger than benzene, and is commonly studied by
dividing into four lumps [7], as are: light aromatics (monoaromatic
compounds), heterocycles (aromatic rings with heteroatoms), light
polyaromatics (PAHs with up to 3 rings) and heavy polyaromatics
(PAHs with more than 3 rings). Apart from the total concentration
of the tar, its nature (mainly its dew point) is of high relevance, as it
is responsible of problems related to fouling and sooting.
Fig. 7 shows a significant reduction in the amount of hetero-
cycles and heavy PAHs using Fe/olivine catalyst. In fact, the mass
fraction of those lumps was reduced from 10.33 and 10.20 to 7.43
and 5.05 wt%, respectively. However, the percentage of light
aromatics and PAHs in the total tar amount increased from
14.22 and 62.09 to 19.91 and 65.20 wt%. It is noteworthy that the
Fe/olivine catalyst managed to reduce significantly the concentra-
tion of all tar families, as shown in Table 6. Based on the tar
formation and PAH growth mechanisms [95], the Fe/olivine
catalyst seems to hinder the growth of light PAHs into heavier
ones, and the amount of the light PAHs was therefore higher.
Furthermore, Diels–Alder reactions involving light alkenes in the
permanent gases and phenols may produce light aromatics, and
therefore its amount was increased [96–98].
Table 6 provides a detailed composition of the tar obtained with
raw olivine and Fe/olivine catalyst. Naphthalene was the most
abundant tar molecule for calcined olivine and Fe/olivine catalyst,
although its concentration was reduced by 42% approximately
with the iron enrich catalyst. Barisano et al. [91] reported a higher
naphthalene reduction (of around 58%) in the biomass steam/O2
gasification. Moreover, compounds such as phenol, methyl phenol,
1-methyl naphthalene, dibenzofuran, 1-H phenalene, 2-phenyl
naphthalene and pirene were significantly removed, as the catalyst
managed to reduce their content beyond 60%. Thus, it is clear that
metallic iron is active for CC and CH bond breakdown [76,99].
The results in Table 6 also show the more stable tar compounds,
which are those that are more difficult to remove. Using the Fe/
olivine catalyst the concentration of toluene, naphthalene and
anthracene was reduced, but their amounts were still rather high,
as they are refractory to reforming/cracking reactions [49].
Therefore, all the efforts in the development of supported metal
catalysts should be directed towards their capacity for removing
with time on stream. In the case of the calcined olivine, gasification
performance remained stable after 140 min on stream. The main
properties of the Fe/olivine catalyst and their role on the biomass
steam gasification explain these results.
Fig. 8 illustrates the evolution of the reaction indexes as a
function of time on stream for Fe/olivine catalyst. Even though the
performance of the calcined olivine remained stable after 140 min
on stream, that of Fe/olivine catalyst underwent deactivation and
the efficiency of the gasification process decreased with time on
Fig. 7. Influence of iron loading on tar composition.
Table 6
Detailed composition (g Nm3) of the tar obtained with calcined olivine and Fe/
olivine catalyst.
Olivine Fe/olivine
Tar compound g Nm3 g Nm3




Methyl phenol 1.51 0.48
Light PAHs 13.04 6.81
Indene 0.16 0.00
Naphthalene 6.80 3.97
1-Methyl naphthalene 0.33 0.16








2-Phenyl naphthalene 0.49 0.08
Heavy PAHs 2.14 0.53
Pyrene 0.82 0.24
Fluoranthene 1.08 0.29
4H-Cyclopenta[def]phenanthrene 0.23 0.00the most stable tar compounds.
Stability of the Fe/olivine catalyst
The evolution of the gasification performance (Fig. 8) and gas
and tar compositions (Figs. 9 and 10) were monitored for Fe/olivine372stream. Catalyst deactivation was especially evident by tar
concentration, which increased by around 90%, from 10.4 to
19.8 g Nm3, as shown in Fig. 8c. After 140 min on stream, the
amount of tar produced with the Fe/olivine catalyst reached almost
that obtained with the calcined olivine (20.6 g Nm3). Other
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capacity, it was still active in the WGS reaction. Likewise, a similar
trend was observed in the evolution of the gas composition (Fig. 9).
H2 concentration slightly decreased from 48.2 to 45.5 vol%,
whereas that of CO increased from 14.3 to 20.2 vol%. CO2
concentration remained almost stable at 24.9 vol%. A comparison
of this performance with the stable calcined olivine shows that
higher H2 and CO2 concentrations were obtained, whereas the
value of CO was lower due to the enhancement of the WGS
reaction. Concerning CH4 and C2–C4 light hydrocarbons, they
showed a slightly upward trend. In the case of the deactivated
catalyst, CH4 concentration was even lower (6.4 vol%) than that
obtained with the calcined olivine and C2–C4 concentration
reached a similar value as that with the calcined olivine (2.7 vol
%). The latter results are evidence that the Fe/olivine catalyst was
still active for steam reforming of CH4 subsequent to 140 min on
stream.
The evolution of tar lumps with time on stream is shown in
Fig. 10. As the Fe/olivine catalyst was deactivated, the amount of
each tar family was similar to that obtained with the calcined
olivine. Thus, the amount of light aromatics and PAHs declined
from 19.91 and 64.36 to 15.24 and 57.47 wt%, whereas that of
ig. 8. The evolution of gas production (a), H2 production (b), tar concentration (on a dry basis) (c) and carbon conversion efficiency (d) with time on stream for Fe/olivine
atalyst.Fig. 9. Gas composition as a function of time on the Fe/olivine catalyst.hus, gas and H2 productions declined from 1.46 Nm3kg1 and
.25 wt% to 1.35 Nm3kg1 and 5.44 wt%, respectively (Fig. 8a and
). However, the gas and H2 productions were still above those
btained with calcined olivine, which suggests that although the37heterocycles and heavy PAHs increased from 7.43 and 5.05 to 10.82
and 11.63 wt% after 140 min on stream. Small differences were
observed in the amount of light PAHs between the value with the
calcined olivine and that with the deactivated Fe/olivine catalyst,
which are related to the amount of unidentified compounds (there
were more unidentified compounds with the deactivated catalyst).3
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olivine catalyst seemed to hinder the growth of light PAHs into
heavier ones, and the amount of the light PAHs was therefore
higher than for the calcined olivine. Moreover, Diels–Alder
reactions involving light alkenes in the permanent gases and
heterocyclic compounds may also have produced light aromatics,
which led to an increase in their amount [96–98].
Catalyst deactivation
The prevention and attenuation of catalyst deactivation is a
challenging task. Thus, most catalytic processes undergo catalyst
deactivation, and therefore understanding the deactivation mech-
anisms is vital. In the biomass gasification processes, deactivation
is mainly caused by sulphur and chlorine poisoning or carbon
deposition. However, catalyst physical changes, such as sintering,
phase change and attrition may also lead to catalyst deactivation.
The deactivated catalyst was characterized in detail in order to
understand the main causes of catalyst activity decay.
Table 7 shows the values of the physical properties for the fresh
and deactivated Fe/olivine catalysts. After 140 min on stream, the
specific surface area of the Fe/olivine catalyst was significantly
lower, with the reduction being even more noticeable in the pore
volume and size, which underwent a more severe decrease.
Therefore, the pores of the catalyst were partially blocked, which
led to a decrease in the total surface area, as well as pore volume
and size. The deactivated Fe/olivine catalyst had still a higher
surface area and pore volume than the calcined olivine. However,
the pore size was higher in the calcined olivine.
In order to assess the changes in the metallic structure of the Fe/
olivine catalyst after the reaction, Fig. 11 shows the XRD patterns of
the reduced and deactivated catalysts. After the reaction, the main
crystalline structures were still the olivine structure and the
MgSiO3 enstatite phase, although more diffraction lines corre-
sponding to MgSiO3 phase appeared in the deactivated catalyst.
The most significant differences between both spectra are related
to the iron phases. In the spectrum of the deactivated catalyst,
there is no evidence of the presence of metallic iron, neither in
2u = 45 nor 2u = 65 diffraction lines. However, multiple lines of
Fe3O4 or MgFe2O4 spinel phase were noticeable, which are
evidence of a loss of active phase by oxidation of the metallic
iron under reaction conditions. Virginie et al. [50] also reported the
presence of intense diffraction lines corresponding to Fe3O4 or
MgFe2O4 spinel phase after reaction.
XPS analysis of the deactivated catalyst was carried out to
determine the components located on the surface of the catalyst
after reaction. The XPS spectra of the reduced and deactivated
samples in different binding energy ranges are shown in Fig. 12.
This analysis revealed that, after the reaction, the main compo-
nents on the surface of the samples were still Si, Mg, Fe and O
(Fig. 12b). However, the presence of K and Ca was also observed,
although the amount of the latter on the surface could not be
Fig. 10. Tar composition with time on stream on the Fe/olivine catalyst.
Table 7
Properties of the fresh and deactivated catalysts.
Catalyst SBET (m2 g1) Vpore (cm3g1) dpore (Å)
Fresh/deact. Fresh/deact. Fresh/deact.
Olivine 1.92 0.0003 78.33
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ue to the biomass ashes. As shown in Fig. 12c, metallic iron was
ot detected on the catalyst surface in the deactivated catalyst,
hich is consistent with the previous XRD results (Fig. 11).
The surface composition and iron distribution in the reduced
nd deactivated catalysts are shown in Table 8. As observed, after
surface happened. A comparison of this catalyst with the calcined
olivine shows that the deactivated catalyst had more iron in the
olivine structure and a higher amount of Fe2+ compounds on its
surface. Iron migration from the inside to the surface or vice versa
Fig. 12. Wide XPS spectra (a), XPS spectra for low binding energy regions (b) and Fe 2p (d) of the reduced Fe/olivine and deactivated catalysts.Table 8
Surface composition (%) and iron distribution (%) in the reduced and deactivated Fe/
olivine catalysts determined by XPS.
Component Si Mg O Fe K Fe2+/Fe3+
Fe/olivine reduced 14.6 22.1 58.9 4.4 – 1
Fe/olivine deactivated 15.4 18.4 59.8 5.1 1.4 1he reaction there were small differences in the amount of Mg and
e on the catalyst surface. The amount of iron slightly increased
rom 4.4 to 5.1% at the expense of Mg, which decreased from 22.1 to
8.4 %. However, the iron distribution remained constant (the
mount of Fe2+ and Fe3+ compounds was the same), which is an
ndication that iron migration from the olivine structure into the375
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Regarding the amount of K on the deactivated catalyst surface
(1.4%), its origin is attributed to biomass ashes. Alvarez et al. [100]
reported the chemical analysis of the ashes of the same biomass
used in this work and the amount of K2O was 11.3 wt%. Moreover, at
850 C, potassium salts melt and they might have formed deposits
on the deactivated catalyst surface.
Fig. 13 shows the TPR curve of the fresh and spent catalysts. A
single peak at 500 C with a small shoulder at a slightly higher
temperature (590 C) was observed for the deactivated catalyst,
which is evidence that the iron in the Fe/olivine catalyst was
oxidized during the gasification process. As the XRD revealed, this
peak should be attributed to the Fe3O4 or MgFe2O4 spinel phase
detected. According to Meng et al. [72], the difficulty for reducing
the possible iron oxides is as follows: MgFe2O4> FeO > Fe3O4>
Fe2O3. However, the low reduction temperature suggests that this
specie was easy to reduce, i.e., it was probably Fe3O4. Furthermore,
the shoulder at 590 C is attributed to the reduction of a small
amount of MgFe2O4 spinel phase. In fact, it seems that most of the
MgFe2O4 spinel phase did not undergo oxidization during the
reaction, as it is a very stable compound.
As carbon deposition may cause catalyst deactivation, temper-
ature programmed oxidation (TPO) was conducted on the spent Fe/
olivine catalyst to quantify the amount of carbon settled. The total
amount of coke and its composition depend on the operating
conditions, mainly temperature and S/B ratio, as carbon deposition
is a consequence of a balance between its formation and removal
by gasification [101]. The TPO analysis revealed that a negligible
[102–105], the coke combustion temperature on supported metal
catalysts is related to its location on the catalyst and composition.
Low combustion temperatures are attributed to the coke deposited
on the metallic sites (encapsulating coke), which may catalyse coke
combustion, whereas higher combustion temperatures indicate
that the coke is deposited on the support, which prevents coke
combustion by metallic sites. Furthermore, even if the coke is
deposited on similar locations, its combustion temperature is
higher as the condensation degree is higher, i.e., more organized
structures with lower H/C ratios.
Fig. 14 reveals the heterogeneity of the coke. Thus, two different
carbon species were detected, with their combustion temperatures
being 530 and 606 C. The peak at 530 C is attributed to the
amorphous coke and the shoulder at 606 C to a coke with a slightly
more condensate structure. It seems that the severe reaction
conditions prevent coke formation from the evolving compounds to
more condensed ones due to the in situ gasification of the amorphous
coke. Virginie et al. [50] observed a similar TPO profile after biomass
steam gasification experiments, although their carbon oxidation
temperatures were slightly higher than those obtained in this work
(585and630 C).Asthecokecontentwasverylow(0.11 wt%), itcannot
be stated that coke deposition caused catalyst deactivation.
Table 9 shows the chemical composition of the fresh and
deactivated Fe/olivine catalysts. XRF analysis revealed that there
was no any iron loss due to attrition phenomena, which was also
checked by sieving the deactivated catalyst (it had the same size
range (90–150 mm) as prior to the runs). Claude et al. [51] and
Meng et al. [106] reported that the olivine catalysts synthesized by
wet impregnation may undergo attrition, since the metallic species
were mainly placed on the surface, and therefore their interaction
with the support was rather weak. Some other authors studied this
aspect. Thus, Virginie et al. [50] reported an iron loss of 32% after
12 h gasification in a dual fluidized bed and Rapagnà et al. [49]
about 5 wt% during 320 min operation in a fluidized bed reactor.
Fig. 13. TPR profiles of the fresh and deactivated catalysts.
Fig. 14. TPO profile of the deactivated Fe/olivine catalyst.amount of coke (0.11 wt%) was deposited on the catalyst after the
reaction, which is evidence that high temperatures and steam
promoted the oxidation of almost all the carbon that may have
formed. Fig. 14 shows the TPO profile of the deactivated catalyst.
Two different peaks are observed, which is an indication of
the heterogeneous nature of the coke. According to the literature376Discussion
The gas composition in the gasifier plays a crucial role on the
oxidation state of the iron located on the catalyst. During biomass
steam gasification, the metallic Fe0 was oxidized as detected by
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he catalyst oxidation, as explained in the experimental section.
hese limitations caused changes in the reaction environment, as
he fluidizing agent had to be changed from N2 to steam and ensure
uitable fluidization regime prior to starting biomass feed. Thus,
he presence of steam may have induced partial oxidation of the
etallic phase at the beginning of the reactions. However, as
iomass was fed into the reactor, the reaction environment shifted
rom oxidizing to reducing due to the high hydrogen concentration,
nd therefore the iron oxidized under steam atmosphere was
educed again. It should be noted that this problem can be avoided
n full scale operation with continuous biomass feed.
A similar catalyst deactivation cause was observed in the in-line
team reforming of biomass fast pyrolysis volatiles using 10 wt%
o/Al2O3 catalyst by Santamaria et al. [107]. Nordgreen et al. [99]
eported that, when the oxygen concentration in the reaction
nvironment is too high, it would oxidize the metallic iron to
ustite (FeO) and subsequently to magnetite (Fe3O4), since some
ocations favour these transformations. Based on the results
btained, when Fe was in the metallic state in the Fe/olivine
atalyst, it showed a higher activity for reducing tar than when it
as in the oxidized state (Fig. 8c). Changes in tar removal capacity
f the Fe/olivine catalyst with time on stream may also be related
o the distribution of iron oxides. Nordgreen et al. [99] also stated
hat the catalyst with metallic iron was capable of reducing the tar
oncentration above 60%, whereas the catalyst with the oxidized
ron only had a capacity of 18%. The catalytic activity of iron oxides
pecies increases with their reduction state (Fe2O3< Fe3O4< FeO <
e0) [51]. After 140 min on stream, the tar concentration obtained
ith the deactivated Fe/olivine catalyst and that obtained with the
alcined olivine were almost the same, which suggests the
resence of iron oxides leads to the same tar removal performance
s calcined olivine. The same trend was observed in the evolution
f tar lumps. As the Fe/olivine catalyst was deactivated, the amount
f each tar family was similar to that obtained with the calcined
livine. Undoubtedly, the oxidation of metallic Fe0 sites led to their
ecrease, and therefore caused catalyst deactivation, as was
evealed by the characterization techniques.
Several studies pointed out that different Fe-phases may catalyze
ifferent reactions. Thus, Fe2O3 is reported to catalyze shoot and NOx
onversion, Fe3O4 to be active in the WGS reaction and metallic Fe to
atalyze Boudard reaction and tar removal reactions. Therefore,
hanges in the oxidation state of iron will drastically influence
atalytic properties [73]. However, it seems that, after 140 min on
tream, the Fe/olivine catalyst was still active for WGS and CH4steam
eforming reactions, as shown in Figures 8a and 8b, which may be
ttributed to Fe3O4 or MgFe2O4 spinel phase detected on the
eactivated catalyst (Fig. 11). However, the TPR analysis of the
eactivated catalyst was more conclusive than XRD and XPS
nalyses, which allows inferring that Fe3O4 is the responsible, as
he reduction temperature was rather low. Some authors proved
reactor allows enhancing the gas-solid contact, and therefore the
catalytic activity by avoiding the elutriation of fine catalyst
particles.
Iron incorporation to olivine proved to be beneficial in the
biomass steam gasification at zero time on stream, as it allowed
not only reducing tar formation, but also improving syngas
production and composition. Thus, gas production was increased
from 1.30 Nm3kg1 with calcined olivine to 1.46 Nm3kg1 with
Fe/olivine catalyst, and similarly did the hydrogen production,
with the value being 6.25 wt%. Likewise, tar concentration was
reduced approximately to half, from 20.6 to 11.4 g Nm3. This was
explained by the positive effect of metallic iron, which greatly
favours WGS and light hydrocarbon steam reforming and cracking
reactions. At zero time on stream, naphthalene was the most
abundant tar compound for both the calcined olivine and Fe/
olivine catalyst, although its concentration decreased to 42 wt%
with the latter.
The evolution of the gasification performance and gas and tar
compositions with time on stream was also monitored. The
stability of the Fe/olivine catalyst was lower than that of calcined
olivine, which was still stable after 140 min on stream. Catalyst
deactivation was especially evident based on the tar concentration,
which increased from 10.4 to 19.9 g Nm3, i.e., it almost reached
the value obtained on the calcined olivine (20.6 g Nm3). Other
reaction indexes also showed the deterioration of the catalyst.
Thus, gas and H2 productions declined from 1.46 Nm3kg1 and
6.25 wt% to 1.35 Nm3kg1 and 5.44 wt%, respectively, but still
remained above those obtained with the calcined olivine,
suggesting the activity of the deactivated Fe/olivine catalyst for
WGS and steam reforming of CH4.
The characterization techniques revealed that the catalyst
deactivation was due to the oxidation of the metallic iron into
Fe3O4. The presence of steam in the reactor for a few minutes
before starting biomass feed may have induced the partial
oxidation of the metallic phase at the beginning of the reactions.
However, as biomass feed started, the reaction environment
shifted from oxidizing to reducing conditions, and the iron that
may have oxidized became reduced again. These changes in the
iron oxidation state had a great influence on the catalytic
properties of the Fe/olivine, and therefore on the evolution of
tar removal, as well on WGS and light hydrocarbon reforming
reactions.
Although the experimental unit used in this study involves
certain limitations for the operation with metallic catalysts during
the start-up period, the results obtained shed light on the biomass
steam gasification using Fe/olivine as primary catalyst in large-
scale plants.
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